A simulation study on the abatement of CO 2 
Introduction
The effect of carbon dioxide in enhancing the greenhouse effect is an important worldwide issue, with increasing research and emphasis to find the most costeffective method to capture CO 2 emissions from fossil fuel combustion. Approximately 60% of CO 2 produced is from point sources, with CO 2 fractions of up to 14% for coal fired power stations and 8% for natural gas fired power stations [1] .
The separation of the CO 2 into a pure stream (>95%) can be achieved by a variety of techniques, including membrane separation, low temperature distillation, adsorption and absorption [1] . The absorption of CO 2 into monoethanolamine (MEA) by chemical absorption is presently the most favoured method for the capture of carbon dioxide from fossil fuel combustion. A benefit of chemical absorption into amine solution is that, at higher temperatures, the chemical reaction can be reversed and the MEA recycled.
The majority of previous work on amine CO 2 capture is related to absorption models or on small-scale experimental de-absorption. Rao and Rubin [2] developed a simple model to assess the feasibility and cost of carbon capture and sequestration at both new and existing coal power plants. This model was then added to an existing coal-based power plant simulation model, and provided values to be used for preliminary estimates and feasibility calculations, in spite of some identified uncertainties. Following this line, other developed models are usually concerned with the economic feasibility of the CO 2 [11] developed a full-scale model which was implemented in Matlab. The current study is, in fact, focused on the development of a novel dynamic simulation model, comprising not only the chemical absorption stage but also the regeneration of the absorbing MEA solution by gas stripping in a second column, as depicted in Figure 1 . compared the accuracy of two different approaches for modelling the absorption process: the equilibrium-based and the rate-based approaches. The novel contribution of this paper is that it is focused on the simulation of the de-absorption process, considering the model perturbations that were related to both process variables, such as temperature; pressure and flow rate, both of CO 2 -rich gas, and of lean amine solution; and the height of the absorption and stripping columns. Thus, this paper presents the development of a dynamic model for the simulation of the de-absorption process. The first part of the paper describes the full-scale process and the associated components. The dynamic model is developed in Section 3 from the principles of diffusion from vapour to liquid, taking into account the chemical reactions between the MEA and CO 2 . The model validation and full-scale simulation are included in Section 4 and the discussion and conclusions are in Section 5.
Process description
Amine compounds react with CO 2 to form stable carbamate or bicarbonate species and its reaction can be reversed at high temperatures. A typical schematic of the de-absorption process is shown in Figure 2 where the main equipment is a stripping tower filled with packing material having a high surface to volume ratio (typically 200 m 2 /m 3 ). For the de-absorption process a rich stream (S1) of MEA and CO 2 from the absorption tower is pumped to the top of the stripping tower where it flows down over the packing within the de-absorption tower. Stripping steam from the reboiler (S9) enters the tower at the bottom and flows up the tower in a counter-current flow arrangement. As the rich liquid flows down the tower, the chemical reactions act as the reverse reaction and release the bound CO 2 from ionic form into the aqueous solution, which then diffuses into the gas phase. The lean MEA solution exits at the bottom of the de-absorption tower and is then returned to the absorption process (S8). A percentage of the lean mixture is now directed to the reboiler to provide the stripping steam for the process (S5). The condenser cools the outgoing gas, and thus reduces the H 2 O content and increases the amount of CO 2 . Typically, the captured CO 2 requires more post-processing such as dehydration and compression; this post-processing is not discussed further here.
Model development
The mass transfer flux of each species is a function of the driving force between the concentration in the bulk vapour and liquid phases as shown in Figure 3 . Here, n d is the molar diffusion rate, k la is the transfer coefficient, a w is the interphase surface area, C* i is the interphase molar concentration of species i in vapour liquid equilibrium, and is the bulk concentration of species i .
For the H 2 O and MEA, it is assumed that the concentration at the liquid side of the vapour-liquid interface is the same as the bulk liquid concentration. For the N 2 and the O 2 , it is assumed that the concentration at thė vapour side of the vapour-liquid interface is the same as the bulk vapour phase concentration. The fugacities of the species at the vapour-liquid boundary were calculated and used to evaluate the concentration at the interface. At the interface it is assumed that phase equilibrium occurs. Therefore, the fugacities of the liquid and vapour of each species are equal. Equation (2) relates the molar fraction in the vapour phase to that in the liquid phase by the ratio of the species fugacity.
Definitions of the components of this and subsequent equations are given in a list of nomenclature towards the end of this paper. Being states, the liquid bulk phase concentration for the MEA and H 2 O and the vapour bulk phase concentration for the N 2 and O 2 are known. Then the molar fractions at the interface can be found by iteration and then the interface concentrations can be calculated. Equation (1) has the concentration difference as the driving force and an equivalent transfer area that is related to the surface area of the packing. The mass transfer coefficient is taken from an empirical formula derived by Billet [13] , which is a function of the packing properties. The surface area available for transfer is a function of the specific surface area of the packing used and the wetted area of the packing. The formula for the wetted surface area is taken from Billet [14]. Henry's law is applied to relate the concentration of CO 2 in the bulk liquid phase to the bulk vapour phase concentration. By applying Henry's law, the interface concentration can thus be eliminated and a relationship between the bulk vapour and liquids can be applied. The resistance to mass transfer in the liquid and vapour phases is provided by the same formulae, from Billet [13] , as used for the other species, and it is assumed there is resistance to mass transfer in the liquid and vapour phases. Henry's law is shown in Equation (3).
The enhancement factor accounts for the continual removal of the CO 2 from the liquid film boundary layer by the chemical reaction of CO 2 with MEA. The main reaction for the system is as follows:
The forward reaction, r f , has a rate as in Equation (4) and the reverse reaction, r r , has a rate as in Equation (5).
The equilibrium constants are taken from Liu et al. [8] and the enhancement factor, shown in Equation (6), is the ratio of the mass transfer for a reacting and an unreacting system i.e. what the mass transfer would be if the CO 2 did not react with the MEA in the film boundary layer. The enhancement factor is the Hatta number for this system and is taken from Perry and Green [15].
The energy balance is developed to provide the temperature model for the liquid and vapour phases. In the liquid phase the de-absorption reaction is endothermic and thus requires heat to proceed. The heat of reaction is the heat required for one mole of CO 2 to react with two moles of MEA and is 65,000 J/mol CO 2 ( ∆ H RE ) [16] . There are also terms in the temperature equation for the spatial movement of the fluid, the sensible heat transfer and the diffusion heat transfer. It is assumed 
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T. Greer et al. that the diffusion heat transfer is for MEA and H 2 O only, and that the liquid changes into a vapour within a control volume at the vapour-liquid equilibrium interface. The sensible heat transfer, Q s , is modelled by Newton's law of cooling as shown in Equation (7), where the heat transfer coefficient is found using the Chilton-Colburn analogy relating the mass transfer coefficient to the heat transfer coefficient.
For the diffusion mass transfer, it is assumed that the vaporization of the liquid takes place in the liquid phase, hence it is already in the vapour form when it enters the vapour phase. Therefore, the only terms in the temperature balance for the vapour phase are the spatial movement term and the sensible heat transfer, which is equal but opposite to the sensible heat term from the liquid phase.
The de-absorption column is modelled as a plug-flow reactor with partial differential equations (PDE) describing the species concentrations and the temperature in each phase. A schematic of the stripping tower is shown in Figure 4 , the species modelled are listed in Table 1 , and a summary of the equations is shown below. The reactions in the de-absorption tower are reversed with increasing temperature, so the higher the temperature, the larger the amount of CO 2 released. A typical operating regime has an MEA concentration of up to 30% by weight. The greater the percentage of MEA, the less energy is consumed, because if, for example, the MEA is 30% and the water is 70% then energy is being used to heat up the 70% of water, for no benefit. Therefore, it is advantageous to increase the MEA concentration and minimize the water concentration, but this has a trade-off as, above 30% MEA, the MEA is highly corrosive and requires corrosion inhibitors and specialized equipment [15] . At the top of the de-absorption tower there is a condenser which cools the phase exiting the de-absorption column. The vapour is cooled to a designated temperature and a proportion of the vapour condenses into the liquid phase and is returned back to the deabsorption column. The temperature of the cooled liquid and the percentage refluxed back into the column are input variables in the model.
Simulation

Model validation
Model validation was performed by carrying out a simulation of the partial pressure of CO 2 versus CO 2 loading. Carbon dioxide loading is the ratio of the CO 2 in the free and ionic form (CO 2 aq. and MEACOO − ) and the total MEA of the mixture. A plot of the simulation at a temperature of 400K is shown in Figure 5 . shown in Figure 5 , running the simulation with only one dominant reaction is justified. Figure 5 . Chemical species as a function of CO 2 loading at 400K.
Full simulation
The simulation was performed in Matlab [10] using the method of lines and ODE solver ODE15s to solve the PDE. In total 14 PDE equations were solved simultaneously (liquid and gas phase for CO 2 , MEA, H 2 O, N 2 and O 2 , liquid phase for MEAH + and MEACOO − and the temperature in the gas and liquid phase).
The inlet values are taken for a typical 400 MW natural gas power station producing one million tonnes of CO 2 per year. The input values used in the model are displayed in Table 2 , and the full list of operator adjustable inputs and parameters is as follows:
(1) Absorption tower area, which is a function of the tower diameter (2) Packing properties (specific surface area, packing coefficients, etc.) (3) Absorption tower diameter (4) Incoming gas molar composition (5) Incoming gas flow rate (6) Recycle rate of amine solution The model comprised 14 Matlab files, which are shown schematically in the flowsheet presented in Figure 6 and are mainly: a) carbon3.m: this is the run file which the operator selects to start the process, containing the ODE solver requiring the initial conditions from startvalues.m and the inlet conditions at the boundary. This file contains a previous simulation result, and the inlet conditions of the gas from the combustion process are calculated from the molar fractions and mass flow of CO 2 . Absorber tower velocities and liquid composition are also calculated from these inlet conditions. b) COabsorb.m: this is the file that the ODE solver calls to run. It calculates the ODE equations. Then the calculation of the reboiler.m is done, which provides the inlet conditions into the stripper for the gas and the liquid flow back to the absorber. The heat exchanger is calculated at heatex1R.m and the condenser is calculated at the condenser.m file. As subroutines in the COabsorb.m file, the PDE of the absorber and stripper are run and each tower is discretized in N slices. For each slice the functions reactions.m, HEAT.m and vari.m are called, which calculate information about the reactions taking place, the heat transfer and the diffusion values, respectively. c) NLPE.m is a subroutine for calculating the non inear solution to the concentrations at the vapour-liquid interface. d) PEA.m is a function that calculates fugacities at the interface using the Peng-Robinson equation of state. e) Para.m is a file that contains parameters of the system that are used in the functions within the calculation. f) Output.m is a file which post-processes the model information to show the energy consumed, loadings and cleaned gas composition. 
Results
The simulation was run for 100,000 seconds and 35 discretized control volumes for the inputs, given in Table  2 , and 15 discretized zones. Graphical displays of the results of the CO 2 concentration in the gas phase, the MEA concentration in the liquid phase, and liquid temperature are shown in Figures 7, 8 and 9, respectively. The performance of the system is shown in Table 3 , as a function of the number of slices. The number of discretized volumes was increased from 5 to 35 slices and a plot of the removal percentage, energy consumed and time of simulation is given in Figure 10 . The simulations all used the base case parameters and inputs. 
Discussion and conclusions
The modelling of the de-absorption process is a complex process as it is a stiff system; the reactions have a timescale of milliseconds, and there is a slower process of diffusion and temperature change. The even slower spatial movement of the fluids within the tower results in a fluid retention time of some hours. Furthermore, the reaction rates, as well as diffusion and fluid properties, are all strong functions of the temperature: an effort has been made to provide all variables, including density, diffusivity, viscosity, heat capacity, thermal conductivity, Henry's constants, chemical reaction rates and equilibrium constants, as a function of temperature.
The dominant reaction is the reaction of one mole of CO 2 with two moles of MEA forming MEACOO − and MEAH + , which is reversed at elevated temperature. The mass transfer of CO 2 is strongly dependent on the equilibrium constant for the chemical reaction. The equilibrium value dictates the ratio of the free aqueous CO 2 to the bound CO 2 in MEACOO − . As the temperature increases, the ratio of free CO 2 increases in the liquid phase. The solubility of CO 2 in the liquid is also a function of temperature, and decreases with elevated temperature; therefore the CO 2 diffuses faster into the gas phase. [11, 18, 19] . The concentration of CO 2 in the cleaned gas in the stripper is shown in Figure 7 : the concentration increased quickly as the reaction proceeds quickly at the bottom of the tower where the steam enters the tower, supplying energy. The de-absorption process is controlled by the equilibrium constants, which dictate how much aqueous CO 2 is released from the bound surfaces. As the stripper reached equilibrium so quickly (first 2-3 m of tower), this indicated that the steam flow was too large and should be reduced. This also explains why increasing the height of the stripper does not have a large effect on the process. The reversibility of the chemical reactions is indicated in Figure 8 where MEA concentration is shown to decrease as the liquid enters the stripper. The oversupply of stripping steam resulted in the regeneration of the MEA taking place in the top section of the tower. The temperature of the reboiler was 400K, the mixture entered the stripper at the bottom and the temperature decreased to 377K over the length of the de-absorption tower as the heat from the steam was used to heat the liquid solution and reverse the chemical reaction. This is displayed in Figure 9 .
The species H 2 O, MEA, N 2 and O 2 were modelled using the fugacity ratio between the liquid and the vapour phase. The Peng-Robinson equation of state (EOS) was used, but the results were dependent on the interaction parameters, and a mixing rule was used for solving the EOS. The accuracy of the liquid phase fugacity from the Peng-Robinson EOS is unknown, but the overall results are similar to other estimates. The presence of O 2 and N 2 in the stripping process is low as the solubility of the N 2 and O 2 in the solution is low; therefore, the inlet concentration in the liquid is residual and the composition of the captured CO 2 is predominantly CO 2 and H 2 O.
The overall control philosophy for the de-absorption process is entirely linked to the absorption process [9] . The removal of CO 2 at a minimal cost is the primary objective of the process, and this is achieved by maximizing the loading into the stripper and minimizing the loading out of it. The loading out is reduced by adding stripping energy in the form of steam from the reboiler. The control of the stripping steam is achieved by manipulating the reboiler temperature and the amount of liquid refluxed to the reboiler. The simulation input does not represent the optimal solution, but provides a workable one. For more robust optimization, the absorption process and capital expenditure costs have to be be considered, as suggested by Wallace [20] . This will be done in in future studies that will also compare the CO 2 absorption by other amine solutions, in line with previous [21] and recent studies [22] . Figure 10 . Effect of the number of slices in the performance of the simulation.
